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a b s t r a c t

In this investigation the interaction between the mass transport in separation membranes and the
autothermal steam-reforming in a membrane reactor was studied with a special focus on the conse-
quences for designing smart materials that influence the reactor performance. A steady-state 1D-model
was used to determine optimal thicknesses of Pd/Ag-layers for separating hydrogen gas from the reactor.
The results indicate that a 400 nm layer is optimal for reactor temperatures ranging from 450 to 600 ◦C. To
attain ideal isothermal reaction conditions, a spatial dynamic model containing an oxygen feeding con-
troller was employed. It showed that depending proportionality of temperature with a small differential
part, a controller is best suited for minimize deviations from the isothermal behaviour. In this work, an
Palladium

Hydrogen membrane oxygen flux characteristic of the controller was used to simulate a functionalized membrane with the
btain
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. Introduction

Fuel cell technology has gained significant interest in recent
ears because of its high energy density and low operating tempera-
ures [1,2] and is very suitable for future electrical power generation
ith a great potential for small scale applications in electronic

nd electrical equipment such as notebooks or automotives. As a
epresentative, polymer electrolyte membrane (PEM) fuel cell is a
andidate to satisfy both prerequisites, but directly needs hydrogen
as with high purities or low contamination of harmful gases like
arbon monoxide. Because of many difficulties in hydrogen gas stor-
ge and distribution, it can be produced alternatively on-board in
micro-reactor located upstream of the fuel cell from easily avail-
ble and storable fuels like methane, propane or butane. In this
eport we focus on methane as fuel, for which reaction kinetics of
utothermal reforming is well known.

The autothermal reforming (ATR) is a concept of producing
ydrogen with increasing interest in research and industry [2–7]. It

s essentially a combination of endothermic steam-reforming (SR)
rocess chemically expressed as
H4 + H2O ↔ CO + 3 H2 (�H0
R = 206(kJ/mol))
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ed results are almost as good as in the ideal case with values up to 99%
mm tube reactor.

© 2008 Elsevier B.V. All rights reserved.

and the exothermic partial oxidation (PO) written as

H4 + 0.5 O2 → CO + 2 H2 (�H0
R = −36(kJ/mol))

both of which are themselves concepts of producing hydrogen
as. These reactions are completed with a third exothermic reaction
eferred to as the water-gas-shift (WGS) with a formulation

O + H2O ↔ CO2 + H2 (�H0
R = −41(kJ/mol)).

After a short contact time, all three reactions reach thermody-
amic equilibrium.

Based upon theoretical calculations and through verification
rom many experiments, it has been established that the ATR com-
ines the advantages of the two hydrogen producing concepts, with
egligible disadvantages [3–5] like additional heating or cooling
f the reactor. Moreover, because of prior experience in industrial
pplications, much work was done to improve the design and the
erformance of ATR-reactors.

In this investigation a concept for the separation of hydrogen
uring reaction by means of a highly selective membrane, for
xample dense Pd-membranes that allow purities of hydrogen
f up to 99.99% [9], so as to enable a direct feed to the PEM fuel

ells is proposed. Furthermore, by removing one product from
he equilibrium, higher conversion rates with respect to hydrogen
roduction can be expected. This enhances the WGS reaction
3,5,8] therefore increasing the overall hydrogen gas yield. This
quilibrium shifting supports also the reforming reaction as well

http://www.sciencedirect.com/science/journal/13858947
mailto:jhuepp@uni-bremen.de
dx.doi.org/10.1016/j.cej.2008.03.004
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Nomenclature

B0 permeability constant (m2)
c heat capacity (kJ kg−1 K−1)
d thickness, diameter (m)
dH hydraulical diameter (m)
D reactor diameter (m)
Di,H2

diffusion coefficient (m2 s−1)
DR diameter of the reactor (m)
E activation energy (kJ mol−1)
�G molar reaction free enthalpy (kJ mol−1)
�H molar reaction enthalpy (kJ mol−1)
J area-specific molar flux (mol s−1 m−2)
k reaction rate constant
Keq equilibrium constant
KOX adsorption constant (bar−1)
K0 Knudson coefficient (m)
L reactor length (m)
Mi molar mass (g mol−1)
n Sievert’s law exponent
p pressure (Pa)
Q permeability (mol m−1 s−1 Pa−n)

r reaction rate (mol kg−1 s−1)
R molar gas constant (J mol−1 K−1)
t time (s)
T over-all temperature (K)
u gas velocity (m s−1)
X conversion rate
z coordinate in length of the reactor (m)

Greek letters
˛ control activity
ˇ friction coefficient (s−1)
ε porosity
� thermal conductivity (W m−2 K−1)
� dynamic viscosity (Pa s)
�ij stochiometric matrix
� density (kg m−3)
� tortuosity
ω mass fraction

Superscripts and subscripts
Bound fictive boundary layer
eff effective
g gas phase
i i’th species
iso isothermal case
In reactor inlet
Int location between Pd–Ag-layer and support
j j’th reaction
Mem membrane
Out reactor outlet
Pd palladium(Pd)–silver(Ag)-layer
rad radiation
s solid phase
Sup support-layer
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Surf location on surface of Pd–Ag-layer
Shell shell side of reactor
0 reference conditions
s the partial oxidation, which could lead to higher amounts of
arbon monoxide. But due to the fact that they are restricted by
he methane concentration, towards the end of the reactor where
lmost 100% of methane conversion is reached, the WGS reaction

t
t
b
T

ig. 1. Autothermal reformer with hydrogen separation and distributed oxygen feed.

s dominant leading to smaller amounts of CO in the exhaust
as.

A common problem in autothermal reforming concerns the tem-
erature distribution profile in steady-state operation, which is not
nly severe as illustrated below in Fig. 5 but also detrimental to
he system operation owing to unequal time scales of the reac-
ions involved [5,10,11]. The very fast oxidation rate of methane
ill lead to a temperature peak shortly after the entrance that

s disadvantageous in terms of system material strain, especially
ealing, membranes, catalysts as well as with respect to reactor
erformance.

From the work of Tiemersma et al. [5] and Barrio et al. [12] it can
e concluded that injecting oxygen at several points over the length
f the reactor instead of premixing it with the other gases in the
nlet has the ability to reduce this temperature hot-spot. Analogous
o the hydrogen removal membrane, a possible and not very cost-
ntensive realisation method could be an oxygen feeding membrane
llustrated in Fig. 1.

With reference to the aforementioned membranes, the main
im of this work is to identify properties and parameters of a tar-
eted design.

Previous optimisation investigations of the membrane design
ocused in isolation on single aspects only. For example, a lot of
esearch has been done on improving permeability and selectiv-
ty of hydrogen separation membranes [13–18] or meliorating the
eactor process control [5,12,19]. However, it is possible that upon
ntegration of these aspects into the system the optimization crite-
ia of the components might change.

The aim of this study is to provide an understanding of the mem-
rane reactor as a complex network of interacting phenomena and
o identify parameter sensitivities. The hypothesis is that know-
ng the sensitivities allows the elimination of the systems bottle
eck and therefore to concentrate further on efficiency improve-
ent of clearly defined targets. As an outcome of this investigation,

he know-how of smart materials design for hydrogen separation
nd oxygen feed that interact ideally with reaction system subject
o operational constraints should be identified.

To simulate the interaction of ATR-reaction system and the
ydrogen membrane, a one-dimensional model was used and val-

dated with experimental data as described in Section 2. Further,
ith regards to the interactions of reaction system and fluid flow,
more detailed state-of-the-art model was used, too for validation
s shown in Section 2. The results with the hydrogen membrane
xperiments are given in the result chapter as well as the descrip-
ion of the oxygen feeding model.

By using the reactor as a spatial control system we integrated
he oxygen feeding membrane as a controller to investigate several

heoretical approaches like a spatial PID-controller and real mem-
ranes of diffusion type and of pressure forced convective type.
hese results are given in the same chapter.



gineer

2

2

c
c
p
b
f
w
o

a
r
t
d
r
b
d

r
t
i
b
o
d
s
t
1
d

h
m
a

s
m
t
w
n
e
i

t
o
t
m
t
c

b

f

b

h
o
t
a
o
I
s

i

ˇ

p
c
p

t
a
[
o
e

i
P
s
o
t
i
t
c
p
t

n
t
i
A
p
d
s
m
s
g
d
d
(
t
t
i
R
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. Simulation model

.1. Fluid flow and reaction model

In this work a one-dimensional model was employed to
ompute both the process parameters notably temperature and
oncentrations in addition to the fluid flow parameters namely
ressure and velocity in an autothermal reformer. The model is
ased on a simplified formulation of the conservation equations
or mass, momentum, overall energy and species in one dimension
hile neglecting dispersion effects for a presumed steady-state of

peration.
Because of these assumptions the equation set reduces to

system of ordinary differential equations thereby enormously
educing the computational load. The simplification of the equa-
ion set was arrived at due to the expected weak influence of the
ispersion terms on the interactions between components in the
eforming unit and possibility to easily make the reformer model
ehave like a “spatial control system”, that is explained in more
etail in Section 3.

In order to ensure that the outcome of the simulation exercise
emains comparable to that obtained from solving the entire equa-
ion set, in what has established itself as state of the art approach
n modelling autothermal reforming [5,19], a comparison is drawn
etween the results obtained in the developed model and a second
ne based primarily on the work of Tiemersma et al. [5]. This is
one with focus on the membrane flux and the temperature hot-
pot that are of great interest in this investigation. To distinguish
he two models from each other, they are referred to as fast model
D (FM1D) and the detailed model 1D (DM1D), respectively. The
etailed model is described in Appendix B.

As mentioned above, for the FM1D a one-dimensional, pseudo-
omogeneous phase formulation of the conservation equations for
ass, momentum, over-all energy and species in steady-state oper-

tion was applied. The constituting equations are expressed as

d(ε�gu)
dz

= 4
DR

∑
i

MiJ
Mem
i (1a)

d(ε�gu2 + εp)
dz

= −ˇε�gu (1b)

d(ε�guT)
dz

= (1 − ε)�s

cp,g

∑
j

rj�Hj (1c)

d(ε�guωi)
dz

= (1 − ε)�sMi

∑
j

�ijrj + 4
DR

MiJ
Mem
i . (1d)

From Eqs. (1a)–(1d), the convective fluxes for the volume-
pecific properties mass flux, momentum, energy and the weighted
ass fluxes for the different species are presented. In the momen-

um equation, the total momentum which includes the pressure
as added to the convective flux. Through this procedure and by
eglecting dispersion effects only volumetric sources and no area
ffects such as additional fluxes or for example pressure forces are
ncluded in the momentum equation.

The source term in the mass conservation Eq. (1a) and of course
he last term in the species Eq. (1d) depend on the molar fluxes JMem

i

f every species that permeates through the membranes and can
herefore be logically interpreted as area fluxes, however in the 1D-

odels they can be handled like volumetric sources. This is because
he conversion from area-dependent to volume-dependent terms
an easily be done by a factor f. For a tubular reactor, f will be given
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y the relation

= A

V
= 
D�z


(D2/4)�z
= 4

DR
. (2)

Typically in 2D- and 3D-models these flux terms appear as
oundary conditions.

Owing to the specific interest in only the disappearance of
ydrogen and the appearance of oxygen or air in this study, all
ther membrane fluxes are neglected. This is a reasonable assump-
ion for selective membranes and consequently all the flux rates
re set to zero. The details concerning both the hydrogen and the
xygen membranes model are explained in subsequent chapters.
n the two cases the flux rates are set to zero at the beginning of the
imulations.

Additionally, the pressure loss or convective flux of momentum
s determined by the half empirical Ergun-equation given as

P = 150
(1 − ε)2

ε3

�g

�gd2
H

+ 1.75
1 − ε

ε2

|u|
dH

(3)

with slightly changed coefficients adapted specifically to this
roblem. The emerging parameter dH is for this case not a physi-
al but a hydraulic parameter, meaning that the existence of real
article or pore with this diameter is not a prerequisite.

Further, for modelling the reaction system, similar kinetic equa-
ions applied successfully in the work of Tiemersma et al. [5] which
re based on the experimental study of Numaguchi and Kikuchi
20] concerning the steam-reforming and the water gas shift and
n the work of de Smet et al. [21] for the methane combustion are
mployed.

These models were initially obtained by correcting the exper-
mental results of Trimm and Lam [22] through replacing the
t/Al2O3-catalyst with Ni/Al2O3-catalyst, so that a kinetic expres-
ion based on Ni was obtained in all the reactions. A short summary
f this reaction model is included in the Appendix. According
o de Smet et al. [21] the indirect partial oxidation of methane
s considered in this model to take place through the methane
otal oxidation, the steam-reforming and the water-gas-shift on the
atalyst surfaces. Due to the work of Tiemersma et al. [5] the intra-
article limitations of heat and mass diffusion was neglected since
he catalyst particles are small enough (dh = 0.5 mm).

Although the equation set ((1a)–(1d)) is reduced to a set of ordi-
ary differential equations, the solution procedure is not trivial. Due
o the different time scales of the reaction rates and the deviations
n the flow- and pressure-fields, this is a so-called stiff problem.
dditionally, has to be taken on the implicit formulation of the
ressure in the momentum Eq. (1b). In the employed procedure,
ecoupling the species Eq. (1d) from the rest was carried out by
olving it to determine only the mass fractions but not the total
ass load. This makes it necessary to solve the whole equation

et although it is overstated in the analytical formulation, because
lobal and component mass balances are of course not indepen-
ent. This procedure allowed the handling of Eqs. (1a)–(1c) in a
ifferent way compared to the Eq. (1d). However, the equation set
(1a)–(1c)) is still a stiff problem due to the total energy conserva-
ion Eq. (1c), but the pressure can be corrected after extraction from
he conversation variables with the equation set (1d). The remain-
ng problem can then be solved by a common stiff solver like the
osenbrock formulas [23] that was used in this work.
.2. H2-membrane flux model

Because the permeability of the hydrogen through the separa-
ion membrane plays a major role in this study, we must explain this

odel more in detail. The most widely applied membrane materi-
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ig. 2. Schematic representation of three resistance layers describing the hydrogen
ux through a separation membrane.

ls for the separation of hydrogen gas from a gas mixture are the
ense palladium layers and porous zeolite layers, whereby the for-
er secures almost infinite selectivity of hydrogen. The hydrogen

ux through both layers depends strongly on their thickness, mean-
ng that in technical applications very thin layers supported with
orous materials to enhance the mechanical stability are used. In
he proposed model a very thin palladium–silver layer supported
n a porous temperature-stable ceramic such as Al2O3 forms the
ptimal separation membrane for hydrogen production at a purity
evel needed for PEM-fuel cells.

The mass transfer rate through such a composite membrane
an be estimated by a model combining the transport mechanisms
herefore determining the diffusion rates through the separated
ayers (Fig. 2) assuming a steady-state operation. This is expressed
s

Mem
H2

= JBoun.
H2

= JPd
H2

= JSup
H2

. (4)

In many studies [15,16,18,23] it is shown that at normal oper-
tion conditions with common state of the art membranes, the
olution–diffusion mechanism which determines the flux in the
d/Ag-layer is the limiting step and that the flux rate can be
escribed by the Sievert’s law

Pd
H2

= QPd(T)
dPd

[
(pTube

H2
)
0.5 − (pShell

H2
)
0.5

]
. (5)

However this is only true for a small range of conditions, espe-
ially when the thickness of the Pd–Ag-layer is highly reduced or
hen the support plays a much stronger role [15,23]. In this work, a
ore detailed model is applied in order to consider such influences

hereby improving the conventional membrane theory.
For describing the molar flux per square meter through the pal-

adium membrane, the more general Richardson’s law

Pd
H2

= Q Pd
0

dPd
exp

(
−EPd

act
RT

)[
(pSurf.

H2
)
n − (pInt.

H2
)
n
]

(6)

was used allowing to vary the order of pressure dependence, too.
his can take into consideration defects in the palladium matrix and
urface effects measured in experiments [15,24].

For the determination of the gases diffusion through porous
edia like the open porous support ceramic, often the dusty gas

odel [24] is used. The dusty gas model is actually a combination

f the Stefan–Maxwell-equation, Knudson-diffusion and viscous
ow. Assuming that only hydrogen located in the support exists,
he model reduces to a sum of the two last mentioned mechanisms

u
Q
s
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nd can be expressed as

Sup
H2

= 8
3

√
8


RTMH2

K0

pInt.
H2

− pShell
H2

dSup
+ B0

�H2 RT

(pInt.
H2

)
2 − (pShell

H2
)
2

dSup
.

(7)

The use of a 1D-model to compute the reactions and the flow
n the reformer that cannot consider the dispersion of mass or the

ass transport to the membrane directly, necessitates the intro-
uction of a third layer referred to in this work as a boundary layer
hich contributes to the flux resistance. Hou et al. [15] showed that

he flux through such a layer can approximately be evaluated by a
axwell–Stefan formulation. Assuming that the fluxes of the other

pecies towards the membrane are relatively small in the boundary
ayer compared with hydrogen, the hydrogen flux can be evaluated
sing the relation

Boun.
H2

= (ε/�)∑
i,i /= H2

pi/Di,H2

pH2 − pSurf.
H2

dBoun.
. (8)

In Eqs. (6)–(8) parameters for the structure of the support (K0,
0), the structure of the reformer (ε/�) and the behaviour of the
d/Ag-layer (Q0, EaPd, n) which have to be determined from exper-
ments are present. In this work parameter results presented in
ang et al. [18], obtained from experiments with Al2O3 – supported
d–Ag – membranes under certain conditions were applied. The
esults of this validation are given in the next chapter.

.3. Validation

.3.1. H2-separation membrane model
Owing to a great interest in hydrogen purification technologies,

lot of research data can be found concerning hydrogen perme-
tion through Pd–Ag-membranes with porous ceramic support
15,16,18,24] that enables easy verification of the proposed mem-
rane model.

In all these investigations, different experimental conditions,
embrane supports and Pd–Ag-coating principles were applied.
onetheless, because only the behaviour of the model of one type of
embrane under different conditions in the autothermal reformer

s of interest in this study, focus was put on data from a single exper-
mental set-up. From an initial comparison of the reported results,
t was found that the work of Yang et al. [18] was closest to the
onstraints in autothermal reforming and enough data was avail-
ble for the verification of the proposed model according to the
utlined set of research aspects.

Noting that the behaviour of one type of separation membrane
r one set of parameters at different temperatures and pressures
s very important, Yang et al. [18] measured the hydrogen flux at
ifferent temperatures and differential pressures of 1, 4 and 8 bar
here hydrogen was present in pure form on both sides of the
embrane. In this work, one set of parameters for the proposed
odel that best fits all measurement points was determined and

resented in Table 1.
Following a direct comparison with the results from Yang et

l. as presented in Fig. 3, it can be concluded that the proposed
odel describes the temperature and pressure dependence quite
ell, more precise at higher temperatures compared to lower tem-
eratures. Furthermore, due to the relatively small temperature
ifferences that are between 400 and 600 ◦C it presents no dis-
The parameters we found, are mostly in the region of val-
es given in the literature [5,15,24]. The pre-exponential factor
0 for the Pd–Ag-layer, what describes the hydrogen diffu-
ivity and the hydrogen solubility in the alloy, was found at
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Table 1
Parameter sets for the membrane model verification. The first column represents
the parameters for the validation case with pure hydrogen permeating through the
membrane. The second column describes the validation case, where a gas mixture
of 70.2% H2, 13.5% CH4, 14.3% CO, 2% CO2 is located on one side of the membrane
and hydrogen is selectively permeating through the membrane

H2/H2 H2/gas mixture

ε/� – 17.676
Q0 13.435 × 10−9 mol m−1 s−1 Pa−n 7.162 × 10−9 mol m−1 s−1 Pa−n

Ea 5.488 kJ mol−1 13.553 kJ mol−1
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t
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t
r
s
o
t

Pd

0 3.188 × 10−10 m 3.188 × 10−10 m

0 6.835 × 10−15 m2 6.835 × 10−15 m2

0.588 0.735

3.435 × 10−9 mol m−1 s−1 Pa−n. The activation energy EaPd for the
rrhenius type permeability was 5.488 kJ mol−1 K−1 and we found
pressure dependence of the order n = 0.588. This order is higher

han the proposed order of 0.5 from the Sievert’s law which would
e the case for a pure diffusive flux through this layer. Probably
ue to the enhanced surface processes at thinner layers which are
f order n = 1 [15], its order must be in-between these limits. The
arameters for the support, the Knudson coefficient K0 and the Per-
eability B0 were found at 3.188 × 10−10 m and 6.835 × 10−15 m2,

espectively are probably too high [24], but due to the fact that the
nfluence of the support enhances with thinner Pd–Ag-layers this
resents no disadvantage to our simulations. This is therefore ded-

cated to the worst case meaning a strong flow resistance in the
upport.

Equally important in this investigation is the behaviour of the
embrane when subjected not only to hydrogen on one side but a
ixture of gases, as is typical under normal operation conditions

n separation membranes. For this purpose, a methane membrane
eformer was employed and the gas mixture consisted mainly of
ydrogen, methane, carbon dioxide and carbon monoxide. Yang et
l. measured the hydrogen flux through the membrane at different
emperatures and differential pressures staring with a gas mixture
ith composition 70.2% H , 13.5% CH , 14.3% CO, and 2% CO on the
2 4 2

ube side.
Again the best parameter set for all measurement points was

etermined for the mixture while we left the parameters for
he support constant assuming that only hydrogen is permeating

ig. 3. Hydrogen flux through a 1.5 mm thick Al2O3-support covered
ith a 20 �m thick Pd–Ag-layer at several differential total pressures and

emperatures—comparison of FM1D-model results with experimental data taken
rom Yang et al. [18].
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ig. 4. Hydrogen flux through a 1.5 mm thick Al2O3-support with a 20 �m thick
d–Ag-layer and through a boundary layer with mixed gases (70.2% H2, 13.5% CH4,
4.3% CO, 2% CO2) on the tube side at several differential total pressures and tem-
eratures.

hrough the Pd–Ag-layer. The results presented in Fig. 4 shows that
he proposed model describes the dependences on temperature
nd pressure very well, however a quite different parameter set
Table 1) must be used. Especially the carbon monoxide is dedicated
o influence the permeability of the membrane since it contami-
ates the Pd–Ag-layer. Thereby the pre-exponential factor Q0 sinks
o 7.162 × 10−9 mol m−1 s−1 Pa−n and the activation energy EaPd
ises up to 13.553 kJ mol−1 what means that more energy is neces-
ary to permeate hydrogen through the membrane. Also, the order
f pressure dependence was increased to an order of n = 0.735, but
his is also in the line with values given in the literature [5]. In
his case an additional flow resistance must be considered which is
epresented in the model by the boundary layer (Eq. (8)). The only
arameter in this layer was the porosity tortuosity ratio and its
alue was found to be 17.676 what is probably too high comparing
o given literature data [24].

Moreover, because this represents the normal operation condi-
ions of the separation membrane the obtained parameter set were
sed in all subsequent simulations.

.3.2. Validation of the FM1D
In this model, the thermal and mass dispersion in the FM1D

re neglected and a steady-state condition for our simulations is
ssumed. With respect to these simplifications, a proof of the cor-
ectness of the model has to be performed, further as already
entioned elsewhere above, this was carried out by direct com-

arison with another more detailed model (DM1D) according to
he research issues.

The model, described in detail in Appendix B, considers dis-
ersion effects and reaches the steady-state after several unsteady

terations referred to as quasi-steady-state. The DM1D has already
een used and verified in many research work [5–7,19], it has estab-

ished itself as a state-of-the-art model for autothermal reforming,
onsequently the suitability of the proposed model can be con-
rmed through a direct comparison where deviations can be

uantified.

As a representative of the many simulations carried out, the
diabatic case without any membrane (Table 2) was selected and
sed as a reference case for every other simulation. Comparison of
he temperature profiles resulting from the simulations done with
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Table 2
Parameter set and boundary values for the adiabatic base case

Parameter Value

ṁCH4
1.42 × 10−5 kg s−1

TIn 600 ◦C
pOut 1.013 bar
(O2/CH4)In 0.379
(H2O/CH4)In 1.621
ε 0.45
L 0.1 m
D 0.02 m
�za 5 × 10−4 m

a Spatial resolution in the length of the reactor only for DM1D.
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550 C. Even more significant, is that in between these two limit-
ig. 5. Comparing the temperature profiles of the FM1D and the DM1D-model for
he adiabatic base case.

M1D and DM1D is shown in Fig. 5. The obtained profiles serve as
ndicators of the suitability of the proposed model. From the results
hown in Fig. 5, it can be seen that the temperature peak in the
M1D is located in a region between the inlet and 0.02 m with a
aximum temperature of 865 ◦C compared with the FM1D-profile
hich is in the region up to 0.012 m with a maximum temperature

f 1117 ◦C. This could be due to the influence of the thermal dis-
ersion. Further, a lower equilibrium temperature for the DM1D of
bout 615 ◦C is observed compared with 623 ◦C for FM1D. This can
e attributed to the wider peak profile, because in the region where
he temperature is high, the steam-reforming is much stronger than
he water-gas-shift. This implies that in the entrance region, the
M1D-model predicts more energy usage for this reaction than in

he FMID, this causes the establishment of equilibrium further away
rom the entrance at a lower energy level.

Nonetheless, both models show great similarities in predicting
he main behaviours especially the appearance of the temperature
eak and the equilibrium temperature is with a deviation of only
.3%. This means that the proposed model describes the ATR-reactor
ery well within very small error limits.

. Simulation results

.1. Hydrogen separation membrane
As already mentioned in Section 1, the research of membranes
or hydrogen gas separation has reached a high level in contrast
o the use of these membranes directly in reformer stages that are
till in the early research stages. The targeted advances are of course

i
c
f
s

ig. 6. Conversion rates of CH4 at different operating temperatures in the isothermal
epending on membrane thickness.

he possibility of producing hydrogen at high purities and a better
tilization of catalyst in the reformer.

However, most studies are concerned with maximizing the
ermeability as well as the selectivity, referred to here as perms-
lectivity. The results from such investigations typically suggest a
ery thin Pd–Ag-layer supported with an open-porous structure to
ttain very high mechanical stabilities.

In technical applications there are often different constraints
nd in the case of hydrogen separation membranes an optimum
etween thermal, mechanical and operational properties of the
embrane has to be determined. In this part of the investigation,

ints for designing optimal membranes instead of membranes that
re drilled for optimizing only one property was carried out.

As a first step, the thickness of Pd–Ag-layer that is really neces-
ary for the use in an ATR-reactor was found out. This is because
hrough minimizing the thickness of Pd–Ag-layer a better per-

eability will be achieved but at the expense of the mechanical
trength as well as the thermal stability or the resistance to thermal
hocks.

For a deeper understanding of the relevant issue, the proposed
odel was reduced to an isothermal operation, which should be

he ideal case for producing hydrogen as described in detail in Sec-
ion 3.2. This made it possible to simulate the equilibrium state at
ifferent temperatures easily.

Several simulations were run at specified by varying the
hickness of the Pd–Ag-layer of the separation membrane. The oper-
tional pressure in the reactor outlet was 1 bar and the partial
ressure of hydrogen on the shell side we set to zero in order to
et maximum pressure differences.

In Fig. 6, a plot of the conversion rates of CH4 in an ATR-Reactor
t different operational temperatures T = 400, 450, 500, 600 and
00 ◦C was performed. The membrane thickness in the ordination
xis is presented in a logarithmic scale to permit clearer view of the
ffects.

From the plot, it can be deduced that for temperatures below
00 ◦C and above 700 ◦C the variation of membrane thickness has
nly marginal influence on the performance. This is due to the opti-
al temperature region of the reforming reaction, which is about

◦

ng temperatures the region of transition is almost the same for all
alculated temperatures ranging from 0.2 to 30 �m. Furthermore,
rom Fig. 6 it can be seen that the thickness of the Pd–Ag-layer is for
ome region of temperature the limiting step. Reducing the thick-
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ig. 7. Conversion rates of CH4 for different membrane types at different operating
emperatures.

ess of this layer means that this barrier decreases until it is not
onger the main limiting step.

It therefore means that removing the systems bottle neck with
espect to the membrane involves the use membranes with thick-
esses below a value of about 400 nm. If so, the process can be
onsidered as unconstrained by hydrogen diffusion through the
embrane and solely depending on reaction rates, diffusion from

ulk gas to catalyst as already considered in the used reaction model
21] and the removal of hydrogen, which means the three diffu-
ion barriers of the separation membrane mentioned in the former
hapter.

Even though a wide range of Ag–Pd-layer thickness (from 10 nm
o 1 mm) was considered, the model was only validated for a 20 �m
hick Pd–Ag-layer. For much thinner layers, such as below 100 nm,
t is well-known, that the solution–diffusion model cannot describe
he hydrogen flux through this layer accordingly due to surface pro-
esses and other influences. Also with state of the art technologies
sed for producing such membranes the pore sizes of the support
ecrease with decreasing thickness of the Ag–Pd-layer. Thereby,
he influence of the support is increasing. For these reasons dashed
ines were used in Fig. 6 for layer thickness below 100 nm to show
hat in this region the results are possibly not valid.

Fig. 7 shows the same results as in Fig. 6 but in the conversion-
emperature plane. In this case the region of influence of the

embrane can be seen better. This plot presents the conversion
ates of CH4 for specified membrane thickness as a function of tem-
erature. In the plot, the dotted curve represents the case when no
embrane is used, what represents one limit in the range of thick-

ess. In the region of interest the conversion rate represented by
his curve tends to unity.

Similarly, in the case represented by the solid line which
s a theoretical super thin-membrane or membrane thickness

ith thickness tending to zero (dpd → 0). In real membranes
he characteristic curve of the conversion-rate against the
emperature-should fall in between the two limits.

From Fig. 7, the dash-dotted line corresponds to a modern sep-
ration membrane from current research [15] representing state of
he art for membrane thicknesses. From this investigation, it was

ound out that a difference between the state of art membrane
hickness and the limiting thickness at 400 nm exists as is evident
rom the gap between the two curves representing extreme cases
n Fig. 7. This points out the necessity for further work in this area
o achieve the limiting value of membrane thickness. However,

a
c
a
r
a

ig. 8. (a) Temperature T(z) and (b) CH4-conversion XCH4
(z) profiles in a membrane

eactor with maximum hydrogen removal within the isothermal and adiabatic case.

t should be noted that this only represents a limit value and
hat it is necessary to optimize membranes according to their
pplications.

.2. Oxygen control

As mentioned above the isothermal operation of the ATR can
e considered as the ideal case in contrary to the adiabatic case
hat represents the other extreme mode of operation. In Fig. 8a the
emperature profiles for the two cases are shown over the length
f an ATR-reactor with maximum hydrogen separation to make a
aximum conversion of CH4 possible. For the adiabatic case, there

s a temperature peak directly at the entrance of the reactor. This
s a major problem with the autothermal reforming also identi-
ed in [10]) owing to a strong thermal stress which can lead to
estruction of catalyst or the separation membrane. Another aspect

s addressed in Fig. 8b showing the conversion profile of CH4. In the
diabatic case almost all the conversion is done near the entrance

orresponding to the temperature peak. The reforming reaction
fter this region with the main conversion by partial oxidation is
educed because there is only few CH4 left for producing hydrogen
nd the ongoing increasing caused by the hydrogen removal is quite
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mall. This means that the greater part of the reactor has no use for
roducing hydrogen.

In comparison to the adiabatic steam-reforming much better
rofiles are obtained in the isothermal case, without peak temper-
tures, but evident from the results presented in Fig. 8b shows a
uch better distributed reaction over the entire reactor leading to
better utilization ratio of the catalyst.

By using a membrane that theoretically removes all hydrogen,
he theoretic maximum of CH4-conversion rate can be reached even
fter a short reactor length L = 0.1 m. In the adiabatic case where
he increase is relatively smaller, there is need for a longer reactor
o achieve the equal conversion rate. The reason for this can be
ound in the temperature profile of the adiabatic case, where the
emperature decreases very strong along the reactor with respect to
he ongoing reforming reaction without additional energy source
ike the partial oxidation.

With knowledge of the two cases representing extreme limits of
he ATR-process, the goal should be the attainment or approaching
f the isothermal case. As a possible solution Tiemersma et al. [5]
roposed and came to the result by simulation, that a linear feed-

ng of oxygen over the length of the reactor also leads to a poor
emperature distribution, an exponential feeding might be possi-
le however, it was not investigated. Similarly a staggered oxygen
eeding will make the design of small scale reactors too complex
nd even the temperature peaks cannot be avoided.

A further approach is given in the work of Barrio et al. [12]
ho split the feed of oxygen and steam and optimized the loca-

ions and amounts of injecting. They came to the conclusion that
his can damp down the temperature profile but still has the same
isadvantages as found in the work of Tiemersma et al.

Outgoing from this and considering the interactions between
he reactions and the oxygen feed, it could be a good idea to have a
spatial control system” for oxygen feed to the reactor. This means

hat we have a continuous (or almost continuous) feeding with
ifferent fluxes at different positions depending on the reactor per-
ormance. This could be realized by means of an oxygen separation

embrane due to the difference between the partial pressures on
hell and tube side allowing to spatially controlling the flux through

(

w
i
i

able 3
list of the used controller and the estimation of the parameter ˛(z), respectively

ontroller Estimation of ˛(z)

elay ˛(z) =
{

1
0

for
T(z) < Tmin
T(z) > Tmax

aturation ˛(z) =

{
1 T(z) < Tmin

T(z) − Tmax

Tmin − Tmax
for Tmin ≤ T(z) ≤ T

0 T(z) > Tmax

D ˛(z) = KP(Tiso − T(z)) + KD
d
dz

(Tiso − T(z))
Fig. 10. Visualisation of the spatial control system in the membrane reactor.

his membrane. Alternatively, a membrane with distributed pore
izes or membrane thickness would allow a spatial control.

To define targets for developing such a membrane, the identi-
cation of necessary flux control conditions for approaching the

sothermal case was carried out. Further, the FM1D-model as rep-
esentation of the reactor system was used and implemented into
atlab/Simulink, forming a spatial control system for oxygen feed-

ng using space coordinate z instead of time as variable as illustrated
n Fig. 9. Because the isothermal case was considered as an ideal
ne, the temperature will be used in the reactor as feed-back vari-
ble and the oxygen flux used for controlling the reactor behaviour

Fig. 10).

The used controller are listed in Table 3 and will be described
ith the results in detail. To make the proposed O2-flux which

s referred to the reactor surface more comparable to the fluxes
n the inlet which are not, we introduce a parameter ˛(z) and a

Description

max
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ig. 11. Temperature (a) and CH4-conversion (b) profiles for the oxygen feeding with
elay controls with and without hysteresis compared to the isothermal case.

O2/CH4)˛ = 1—ratio. These are defined by the equation

O2 (z) = (O2/CH2)˛ = 1˛(z)
�AO2 (z)

ṅCH4 (9)

for the molar flux of oxygen per square meter at the position z
f the length of the reactor. The given flux ratio (O2/CH4)˛ = 1 is the
atio of the summerized oxygen flux over the reactor length referred
o the methane flux at the inlet when ˛(z) = 1 for all positions z. The
arameter ˛(z) is the control activity of the used controller and its
stimation is given in Table 3, respectively.

.2.1. Relay control
In the simulation a control with a relay characteristic was used,

hich is essentially a switch between the states oxygen flux-on and
xygen flux-off (Table 3). The decision for switching is done with a
light hysteresis that depends on two temperatures Tmin and Tmax.

hen the temperature in the reactor is over Tmax, the flux switches
ff and when it is under Tmin it switches on, so that oxygen is fed

o the reactor.

The ratio of oxygen flux referred to methane flux (Eq. (9)) was set
o (O2/CH4)˛ = 1 = 0.568 for every pair of minimum and maximum
emperatures. In Fig. 11 two cases or sets of these temperatures can
e seen, one with a hysteresis region between 600 and 610 ◦C and

l
r

r
u

ig. 12. The Control activity profile compared to the according temperature profile
f the simulation case with hysteresis.

nother without hysteresis switching to on and off at 600 ◦C. To
ompare these concepts with the ideal isothermal case its temper-
ture profile and conversion profile for an operating temperature of
00 ◦C are also presented in the diagrams. For a better understand-

ng on how the controller reacts on the temperature, a relation of
he control activity and the temperature in the reactor for the case
ith hysteresis is exemplarily presented in Fig. 12. From here the
oints of on and off switching of oxygen is clearly visible.

In Fig. 11a, the temperature profiles in the reactor over the
ength of the reactor can be observed for the case with and with-
ut hysteresis. Comparing these two profiles, it is obvious, that
he maximum temperature difference in the case with hysteresis
s relatively high in the range T = 500–650 ◦C compared with that

ithout hysteresis in the range T = 500–607 ◦C.
Furthermore, in both cases the differences are much better than

nder adiabatic conditions, but in one third of the leading section
f the reactor, the temperature falls far under the isothermal line
ue to the small amount of oxygen at the entrance region.

This could be due to the fact that the maximum flux ratio of
O2/CH4)˛ = 1 = 0.568 is too small for this region. A look at the con-
ersion rate profile it is seen that for both cases at the reactor outlet
he controlled processes are very closely to the ideal profile. In the
oom of Fig. 11b the differences between these profiles is seen more
learly. At a reactor length of about 0.08 m the curve representing
he case with hysteresis is increasing faster due to the increasing
emperature in this region. However, although this conversion rate
f CH4 is higher, the ideal case we have in mind is still the isother-
al. A high conversion rate can of course also be reached by just

xidizing all the methane.
To meliorate the temperature falling in the entrance region,

remixing of a small amount of oxygen to the inlet gases
(O2/CH4)In = 0.06) and controlled the reactor without hysteresis
nd (O2/CH4)˛ = 1 = 0.568 was performed. The temperature and con-
ersion rate profiles according to this are presented in Fig. 11a and
with the dotted line from which we can observe a much better

ehaviour for both in comparison with the other cases. The con-
ersion profile representing this case is even in the whole reactor
ength very close to the isothermal case what means that the uti-
ization ratio of the catalyst is very good over-all the length of the

eactor.

Another concept to raise the temperature in the first third of the
eactor but approaches the isothermal case more precisely, is the
se of a saturation control what will be described next.
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3.2.3. Real membranes
ig. 13. Temperature (a) and CH4-conversion (b) profiles for the oxygen feeding
ith saturation control at different fluxes compared to the isothermal case.

.2.2. Saturation control and PD
In this simulation the saturation control or more precisely a PD-

ontroller was used to approach the isothermal case. The saturation
ontrol (Table 3) has a similar characteristic as the relay control with
ysteresis. However it has a switching region inside it in contrast to
nly an on–off-possibility which intern has a linear characteristic
imilar to a proportional (P) controller.

In fact, this control has a linear dependence on the reactor
emperature with an upper temperature limit for maximum flux
nd a lower temperature limit for zero flux. In the simulation the
emperature limits were set to 599 and 601 ◦C. This is very close to
he isothermal temperature of 600 ◦C to achieve small temperature
radients but not too close for moderate switching times.

In Fig. 13 the temperature and CH4-conversion rate profiles for
wo different flux ratios (O2/CH4)˛ = 1 (3.549 and 7.098) represented
y the dash-dotted and the dotted lines, respectively, are shown
nd compared again to the isothermal case. For the case with the
ow maximum oxygen flux the temperature behaves similar to the

emperature with the relay control, shortly after the inlet the tem-
erature falls due to the small amount of oxygen, but this time only
o 550 ◦C. After this a slight oscillation starts and the isothermal
emperature is reached after 0.023 m. The dotted line, represent-

p
u
p

ing Journal 142 (2008) 225–238

ng the case with high maximum flow, sinks only about 10 ◦C, but
eads after this to a new temperature peak reaching 665 ◦C and after
ome oscillations 600 ◦C is reached at about 0.019 m. For both cases
t the outlet of the reactor the temperature is again rising what can
e explained with a look at the conversion rate profiles. Comparing
hem with the isothermal profile, the high flux case starts in a very
imilar way with it and the low flux case has in the entrance region
lower conversion rate due to the lower combustion of methane in

his area. But after some length, both profiles cross the isothermal
rofiles and have a higher conversion rate until the end of the reac-
or where they meet again the isothermal profile. That means that
he steam-reforming of methane is mostly done after 0.08 m and
fter this the exothermic water-gas shift reaction predominates.
or reactor behaviour, this should be no problem and if the tem-
erature increase is not too high, it can be advantageous because of
educing carbon monoxide in the exhaust gases. Therefore, the sat-
ration control might be a good solution for influencing the reactor
ehaviour and hence give decisively hints for designing real oxygen
ontroller.

Nonetheless, to exhaust all possibilities of spatial controlling, a
ommon controller with PD-characteristic (Table 3) which is possi-
ly the most abstract oxygen control of all mentioned in this work
ith regards to real possibilities to control the oxygen flux over the

ength of the reactor. In this concept the possibility to remove oxy-
en from the reactor is also considered, meaning that it should be
ossible to reach the ideal profiles with a PD-controller more pre-
isely. Of course, this is not realistic but the knowledge obtained
rom the best oxygen flux characteristic according to such a con-
roller can enormously be useful in designing realistic concepts.

The layout of the PD-controller was not easy due to the com-
licated reaction system with ignition of methane combustion and
ydrogen removal, but from the behaviour of the reactor it could be
ssumed that the control system is of low order with high influence
f dead time processes. Assuming this and from simulation testing
t was found out, that a P-characteristic with an amplification of
P = 0.5 and (O2/CH4)˛ = 1 = 0.568 leads to quite good temperature
rofiles but with sharp oscillations as indicated in Fig. 14.

Adding a small differential (D) part with KD = 0.001 to the con-
roller eliminates these oscillations and due to the low order of the
ystem an additional integral (I) part is not necessary.

Comparing only the temperature profiles in Fig. 14a of these
ontrollers with the relay or saturation controllers it is obvious,
hat this concept fits the isothermal case best, as was expected. The

aximum temperature differences for the P-controller were 23 ◦C
nd for the PD-controller even just 2 ◦C. We found only marginal
eviations in the conversion rate profiles from the isothermal case.
lso depicted in Fig. 14b are the oxygen flux profiles according to

he P and the PD-controllers. The flux supplied from the P-controller
hows many oscillations and is therefore quite unsuitable as a basis
or realistic concepts. The PD-controlled flux, represented by the
hick dashed line, does not show such oscillations and seems to be
he mean value of the P-controlled flux control. With regards to a
ealistic oxygen control this flux can be divided into two parts. First,
here is a high flux in the entrance region, what can be achieved with
remixing 10% of the oxygen to the inlet gases. The second part can
e described by an exponential function (7) and is therefore con-
eniently appropriate for designing an oxygen control membrane.
onsequently we use this information to determine the permeabil-

ty function of a real membrane.
From the simulation results of theoretical controllers, focus was
ut on realistic possibilities to control the reactor behaviour and
se the information from the theoretical concepts for designing
urposes.
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Fig. 15 instead of an active controller. The flux through these mem-
ig. 14. (a) Temperature profiles for the oxygen feeding with P- and PD-controller
nd (b) oxygen flux distribution in length of the reactor supplied by the controllers.

When oxygen feeding is used as a control strategy, three
ossibilities exists notably, oxygen injection systems, diffusion
embranes and open porous membranes. Because injection sys-

ems are very cost-intensive and will make the reactor much bigger
5,12] and diffusion membranes might not have enough oxygen per-

eability [9] for the use in an ATR-reactor special attention was
aid on open porous membranes that are perhaps the easiest and
heapest way for realisation of an oxygen control concept.

The simplest of these membranes is an open porous structure
rom ceramics or metal with constant permeability and so with
onstant pore-sizes, porosity and thickness. Such a membrane can
asily be integrated in a reactor and oxygen or air can be fed simply
y a small pressure difference between the tube and the shell side
f this membrane.

Nevertheless, because it is known that more oxygen is needed
n the entrance region than in the rest of the length as is evident
rom the relay and saturation controls systems, a membrane with
linear decreasing permeability, perhaps due to a linear increasing

f the membrane thickness over the length of the reactor could lead
o better results.

Applying the simulation results from the PD-controller, it is
pparent that the oxygen flux distribution and therefore membrane

b
a
e
p

ig. 15. Oxygen flux profiles through membranes of following properties: constant
ermeability, linear decreasing permeability and by a PD-controller optimized per-
eability.

ermeability distribution offers the best control strategy for the
eactor. In this case the oxygen flux profile from the simulation
ith the PD-controller led to the best results, shown in Fig. 14b.

As mentioned before, the second part of this flux can be
escribed by an exponential function,

O2 (z) = Cemz (10)

for what we found the best fit with C = 0.1905 kg s−1 m−2 and
= −43.5677 m−1. Because real permeation membranes are nor-
ally characterized for that purpose with the permeability, the flux

rofile can be transferred by the Darcy law

Mem(z) = �O2 dO2,Mem

(pShell − pTube)�O2

JO2 (z). (11)

Fig. 15 depicts this optimized profile for a 2 mm thick membrane
ith a differential pressure of 0.1 bar as well as for membranes with

onstant and linear decreasing permeabilities leading to equivalent
onversion rates in the simulation.

For simulating the reactor behaviour with open porous mem-
ranes and considering the interactions between reactor and
embranes the same control system as before was used but with

n oxygen membrane model based on the permeabilities given in
ranes is driven by the total pressure difference between the reactor
nd the outside of the membranes. The main parameters for influ-
ncing the permeability of real membranes are the pore-sizes, the
orosity and the membrane thickness. Because the permeability
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ig. 16. Temperature (a) and CH4-conversion (b) profiles for the oxygen feeding
hrough membranes with constant permeability, linear decreasing permeability
nd with permeability based on PD-controller characteristic, all compared to the
sothermal case.

s the parameter of interest and there are many ways for influ-
ncing, in the simulations the permeability was used directly. To
chieve the PD-optimized oxygen flux more precisely, in this case
0% of the oxygen flux was added to the inlet gases, too. The results
rom these simulations are given in form of the temperature and
H4-conversion rate profiles in Fig. 16.

In the case of constant permeability and linear decreasing per-
eability the same problems occur as already mentioned with the

elay control (Fig. 16a), in the entrance region the amount of oxygen
s too low and the temperature falls far below the isothermal tem-
erature (480 ◦C for constant perm. and 506 ◦C for linear decreasing
erm.) and in the outlet region the amount of oxygen is especially
ith the constant permeability too high and the temperature rises

or that case up to 760 ◦C. In contrast with it, the dash-dotted line
epresenting the optimized membrane is very close to the isother-
al case for the temperature profile as well as for the conversion

◦
ate profile. As maximum temperature difference only 35 C was
ealised in the region of the P-controller but with much slower
scillations. After this the temperature difference remained within
10 ◦C region of the isothermal temperature until the end of the

eactor. From the conversion rate profile one can observe that what

•

ing Journal 142 (2008) 225–238

appens in the reactor is similar to the behaviour with the satura-
ion control, meaning that in the outlet region the steam-reforming
ooses its influence and the water-gas-shift becomes stronger. But
s mentioned before this should be no problem and can be advan-
ageous due to the carbon monoxide yield in the reactor outlet.

. Conclusions

In this investigation a sensitivity analysis of membrane parame-
ers was performed to assess the influence of design parameters on
he performance of membrane reactors for autothermal reforming.
t could be shown that a prerequisite for optimal performance is
o consider the interactions between all functional components
f such a reactor and that it cannot be achieved by independent
mprovements of single components. From the simulations con-
erning the interactions between hydrogen separation membrane
nd the reactions in the reformer the following conclusions can be
rawn and used as design hints:

There is a small region in the thickness of the Pd/Ag-layer in which
the diffusion through this membrane has much influence on the
reactor performance. Above 20 �m the permeation through this
membrane is too small and below 400 nm the diffusion is fast
enough not to be any more the limitating step of the reactor
system.
Therefore it is not necessary to decrease the thickness under this
level of 400 nm with respect to autothermal reforming, but to
optimize other objectives like mechanical or thermal stability.

Considering the state of the art technologies for producing
ydrogen separation membranes, it could be remarked that the
emperature of 600 ◦C is probably too high for commonly applied

embranes. From reported investigations, Pd–Ag-membranes
ith porous ceramics supports have been successfully tested in

egions up to 500 ◦C [18]. The main problem in this temperature
ange has been identified to be the different thermal expansion
etween the materials leading to a loss of the layers adherence. The
econd aspect is the difficulties related to the deposition of very thin
ayers of 400 nm on porous supports with high permeation. In tech-
ologies currently in use, the pore-sizes of the support decrease
trongly with decreasing Pd–Ag-layer and therefore reducing the
upport’s permeability.

However, the main goal of this investigation is to show limits
or designing such a membrane from the application point of view.
onsidering that even with the state of the art technologies the real-

zation of these limits is slightly away, it would be very interesting
o develop new technologies attain this.

With respect to oxygen control the following conclusions might
e helpful for future membrane design:

In agreement with other groups the simulations showed that pre-
mixing the whole amount of oxygen to the inlet gas leads to high
temperature hot-spots shortly after the inlet.
Membranes with constant permeability and therefore a constant
feeding of oxygen can calm these hot-spots, but lead to too low
temperatures in the entrance region.
Linear decreasing permeability in such a membrane has a slight
better characteristic but is still far away from the ideal isothermal

case.
We found the best characteristic a membrane that has a simi-
lar oxygen flux characteristic as a PD-controller. This could be
realized with an exponential decreasing permeability and an
additional premixing of oxygen to the inlet gases.
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For the realisation of such open porous membranes we have to
onsider, that there is also a flux in the opposite direction of the oxy-
en flux due to the diffusion of reactants and especially hydrogen
riven by partial pressure differences. Because the effective diffu-
ion is not independent of the convective oxygen flux, this should
e no problem for regions with high oxygen fluxes. But to the end of
he reactor, where no more oxygen is needed, this can probably lead
o a loss of a huge amount of the hydrogen product. Therefore, it is
ecessary to consider this aspect while producing and characterize
uch membranes.

However, for both membranes we tried to find limits and optima
or designing and with the results of this work it should be a little bit
asier to determine the way for future research, what is consider-
ng more about mechanical and thermal stability in the case of the
ydrogen removal membrane and to produce oxygen membranes
ith distributed permeability.
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ppendix A. Reaction model

The reaction system of the autothermal membrane reformer was
ssumed to be sufficiently precise modelled by three reactions take
lace in are based on the experimental study of Numaguchi and
ikuchi [20] concerning the steam-reforming and the water gas
hift and on the work of de Smet et al. [21] for the methane com-
ustion. They corrected the experimental results by Trimm and Lam
22] with Pt/Al2O3 – catalyst to Ni/Al2O3 – catalyst, so that we have
n all the reactions the kinetic expressions based on Ni. This reac-
ion model was already successfully used and investigated by the
ork of Tiemersma et al. [5]. The three reactions considered in the
odel are the steam-reforming of methane (SR)

H4 + H2O ↔ CO + 3 H2 (�H0
R = 206(kJ/mol))

combustion of methane (MC)

H4 + 2O2 → CO2 + 2 H2O (�H0
R = −36(kJ/mol))

and the water-gas-shift (WGS)

O + H2O ↔ CO2 + H2 (�H0
R = −41(kJ/mol))

The reaction rates can be estimated as follows:

MC = kMCapCH4 pO2

(1 + KOX
CH4

pCH4 + KOX
O2

pO2 )
2

+ kMCbpCH4 pO2

(1 + KOX
CH4

pCH4 + KOX
O2

pO2 )

(A1)

SR =
kSR(pCH4 pH2O − p3

H2
pCO/Keq,SR)

p1.596
H2O

(A2)

WGS = kWGS(pCOpH2O − pH2 pCO2 /Keq,WGS)
pH2O

(A3)
with the kinetic rate constants

MCa = 8.11 × 105 mol/bar2 kgcats exp
(−86(kJ/mol)

RT

)
(A4a)

MCb = 6.82 × 105 mol/bar2 kgcats exp

(
−86(kJ/mol)

RT

)
(A4b)

c

t
S

�

ing Journal 142 (2008) 225–238 237

SR = 2.62 × 105 mol/bar0.404 kgcats exp

(
−106.9(kJ/mol)

RT

)
(A5)

WGS = 2.62 × 105 mol/bar0.404 kgcats exp

(
−106.9(kJ/mol)

RT

)
.

(A6)

The mass transport limitations (adsorption and desorption of
olecules on and off the catalyst) are considered in the estimation

f the over-all reaction rates by the adsorption coefficients of an
rrhenius type:

OX
CH4

= 0.126 1/bar exp

(
27.3(kJ/mol)

RT

)
(A7)

OX
O2

= 7.87 × 10−71/bar exp
(

92.8(kJ/mol)
RT

)
. (A8)

The equilibrium constants are only needed for the steam-
eforming and the water-gas-shift and can be estimated as follows

eq,SR = p2 exp
(−�GSR

RT

)
(A9)

eq,WGS = exp
(−�GWGS

RT

)
(A10)

ppendix B. Detailed model 1D (DM1D)

As mentioned in the article, we used a second, more detailed
odel to make sure that the deviation we receive by neglecting

he dispersion of mass and heat and by using a different strategy to
each a steady-state (in the FM1D we assumed that we have already
teady conditions). This model is given here and several terms are
f course the same as in FM1D and therefore already described in
he according chapter:

∂(ε�g)
∂t

+ ∂(ε�gu)
∂z

= 4
DR

∑
i

MiJ
Mem
i (B1a)

∂(ε�gu)
∂t

+ ∂(ε�gu2 + εp)
∂z

= −ˇε�gu + ∂

∂z

(
ε�∗

g
∂u

∂z

)
(B1b)

∂(ε�gωi)
∂t

+ ∂(ε�guωz)
∂z

= ∂

∂z

(
�gDi

∂ωi

∂z

)

+(1 − ε)�sMi

∑
i

�jiri + 4
DR

MiJ
Mem
i (B1c)

(ε�gcp,g + (1 − ε)�scs)
∂(T)
∂t

+ cp,g
∂(ε�guT)

∂z
= ∂

∂z

(
�eff

∂T

∂z

)

+(1 − ε)�s

∑
j

rj(−�Hj). (B1d)

New in this model are the unsteady terms on the left hand side
f all equations and on the right hand side the dispersion terms in
he momentum equation, the species equations and in the energy
onservation equation.

For describing the viscous flow in the z-direction we assumed,

hat the gas mixture behaves like an ideal Newtonian fluid and
toke’s hypotheses is true, so that the shear stress reduces to

zz = �∗
g

∂u

∂z
, (B2)
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with

∗
g ≈ 4

3
�g. (B3)

The effective dispersions of mass and heat in porous media can
e estimated by a combination of the diffusion coefficients with
ero fluid flow and the effects of flow on dispersion as a function of
he Peclet number.

i,eff =
(

1 −
√

1 − ε
)

Di,m + udp

2
resp. (B4)

�eff

�g
= �bed

�g
+ Pex

2
(B5)

In these equations Di,m is the molecular diffusion coefficient
f the species i, dp is a hydraulic parameter e.g. the average pore
iameter and Pex is the Peclet number estimated with [11].

ex = u�gcp,g

�g
XF (B6)

here XF = Fdp is the effective mixing length and F = 1,15 for spheri-
al particles. Already in 1970, Zehner and Schlünder [25] presented
model still frequently used to compute the zero flow heat con-
uctivity in porous media which is given here.

�bed

�g
=

(
1 −

√
1 − ε

)(
1 + �rad

�g

)
+

√
1 − ε

{
2

1 − �g/�sB

×
[

(1 − �g/�s)B

(1 − �g/�sB)2
ln

�s

�gB
− B + 1

2
− B + 1

1 − (�g/�s)B

]

+ 1
(�g/�rad) + (�g/�s)

}
(B7)

with

= 1, 25
(

1 − ε

ε

)10/9
. (B8)

The influence of radiation can approximately expressed as

rad = 0.23
(2/εrad) − 1

(
T

100

)3
dp. (B9)
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